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A B S T R A C T

An innovative heat-integrated column configured with a side-reactor was developed for ethylbenzene (EB)
production. To achieve an economical design, the total annual cost, as an objective function, was minimized by
optimizing the reactor volume, the number of side reactors, the number of column trays, the reactor side-return
tray, and the column pressure. The proposed side-reactor column (SRC) configuration reduces capital, energy,
and total annual costs by 13.6, 12.9, and 13.2%, respectively, compared to a conventional process for the same
desired yield and purity. In addition, the multiple effect heat integration was examined on the proposed con-
figuration for energy efficiency. The resulting heat-integrated side reactor (HI-SRC) configuration further re-
duces capital, energy, and total annual costs by 14.8, 53.0, and 38.3%, respectively.

1. Introduction

Ethylbenzene (EB) is an important commodity chemical that is in
high-volume manufacturing demand in the petrochemical industry [1].
Its major use (> 95%) is as an intermediate for the production of
styrene [2]. The reaction mechanism involved in the production of EB is
a typical example of a multiple-step system, and the economic success
of a chemical plant that involves multiple reactions depends on the
ability to maximize the formation of the desired product while mini-
mizing the overall energy input [3]. The conventional process for the
production of EB features high-pressure reactors followed by down-
stream low-pressure separation columns. High purity EB is achieved by
maintaining a large reactor volume or by using an excess of benzene
[4]. Both the former and latter strategies result in high capital and
energy costs. However, this classical configuration allows the optimum
temperatures for the reactor and distillation to be set independently.
The development of an energy efficient and cost-effective production
scheme that meets the high-volume market demand for EB is needed.
Process-intensified configurations can bring enormous benefits to ex-
isting chemical processes by reducing the number of energy-demanding
operating units. Reactive distillation (RD) is an excellent example of
process intensification; RD integrates the reactor and the separation
units into one shell [5,6]. However, RD is economically unattractive
when there is a temperature mismatch [7–9]. A side-reactor column
(SRC) configuration is an alternative design that overcomes this in-
compatibility [10]. The SRC is an integrated configuration for reactive
distillation processes where the reactors are connected to the column in

an external loop. The side-reactor feed is withdrawn from the column
tray where the reactants are abundant and the reactor effluent is re-
turned to the same column. This integrated SRC configuration provides
the ability to adjust the column pressure to achieve the desired se-
paration, while the reactor pressure and temperature can be set for the
formation of the desired products. Moreover, compared to an integrated
multifunctional reactor, the SRC has additional benefits that mainly
arise from easier catalyst replacement, easier maintenance, the ability
to separately adjust column and reactor pressures and temperatures,
and catalysts that do not need to be embedded in complex structures
[10].

Few literature studies deal with the design of columns configured
with external side reactors. Baur and Krishna [11] proposed a side-re-
actor design as an alternative to a RD column for methyl acetate
synthesis and showed that a higher conversion target requires a larger
side-reactor to pump-around ratio in order to match the performance of
a RD column. Kaymak and Luyben [12] studied the SRC configuration
of a single reversible ideal liquid-phase reaction and showed that the
capital and energy costs were significantly lower when a temperature
mismatch existed. In an extension of their previous work, Kaymak and
Luyben[13] provided a more rigorous steady-state economic optimi-
zation of the SRC configuration and went on to further extend their
research to the study of the dynamic controllability of the same process
and the performance of two different control structures [14]. Cuimei
et al. [15] optimized the SRC configuration for chlorobenzene pro-
duction and proposed an effective control structure for disturbances in
production rate and fresh-feed composition. Kolah et al. [16]
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introduced a heat-integrated reactive distillation design for triethyl ci-
trate production that used a pre-reactor as well as a side-reactor, and
obtained a 98% conversion of citric acid using multiple side-reactors.

The full potential of the side-reactor column (SRC) configuration
design is yet to be explored for different chemical processes involving
multiple reactions, and where a mismatch between the reactor and
distillation operating parameters exists. This paper presents the po-
tential benefits of the SRC design for achieving a given yield and purity
of EB in a process that involves multiple reaction steps. The process
using the proposed configuration is compared to the conventional (base
case) process for the preparation of EB that uses two reactors operated
at high pressure followed by two distillation columns operated at low
pressure. For the proposed SRC configuration, the total annual cost, as
an objective function, was minimized by optimizing the number of side
reactors, the number of column trays, the reactor side-return tray, and
the column pressure. Moreover, an effective heat integration scheme
was developed for the proposed configuration that further saves energy
and associated costs.

2. The studied process

The production of ethylbenzene (EB, C8H10) was process intensified
using the SRC configuration. The irreversible liquid-phase reaction
mechanism for the formation of EB is a typical example of a series-type
multiple-step process. The first reaction (Eq. (1)) occurs between
ethylene (E, C2H4) and benzene (B, C6H6) to form ethylbenzene (EB,
C8H10). In the second reaction (Eq. (2)), the unreacted ethylene (E,
C2H4) further reacts with ethylbenzene (EB, C8H10) to form diethyl-
benzene (DEB, C10H14). The diethylbenzene (DEB, C10H14) also reacts
with benzene (B, C6H6) to reproduce ethylbenzene (EB, C8H10) in a
third reaction (Eq. (3)).

+ →C H C H C H2 4 6 6 8 10 (1)

+ →C H C H C H8 10 2 4 10 14 (2)

+ →C H C H 2C H10 14 6 6 8 10 (3)

The associated kinetic information is summarized in Table 1 and is
taken from the work of Luyben [4].

A flowsheet for the conventional production of ethylbenzene, taken
from the work of Luyben, is provided for comparison (Fig. 1) [4]. The
optimized conventional process uses two continuous stirred-tank re-
actors connected in series for maximizing ethylene conversion, followed
by two distillation columns with two recycle streams for improving the
selectivity of the desired product. The yield of ethylbenzene is increased
by either increasing the reactor volume or by maintaining a high re-
cycled-benzene flow rate. The resulting process requires high energy
and is costly, especially when higher selectivity’s are required. Reactive
distillation is not a wise choice as reactors are operated at high pres-
sures and temperatures, while the column is operated under vacuum.
The application of an SRC configuration could deliver benefits in terms
of the low energy required to achieve the desired separation by using
the heat of reaction to partially vaporize the product, thereby reducing
the reboiler load.

3. Proposed configuration

The newly proposed SRC configuration is shown in Fig. 2. All unit

operations were simulated using Aspen Plus®. The semi-empirical Chao-
Seader thermodynamic model, as suggested by Luyben, was used in the
simulation. [2]

The column C1 is integrated with two external adiabatic tubular
reactors. For reactions carried out adiabatically, tubular reactors re-
quire smaller volumes than those required by continuous stirred-tank
reactors [3]. C1 has a total of 40 stages including the condenser and the
reboiler. The stages are numbered from top to bottom. A fresh benzene
feed of 630.6 kmol/h, together with recycled benzene from the top of
C1, provides a total feed of 1600 kmol/h, which is introduced at stage
12. The less-volatile DEB from the bottom of column C2 is introduced at
stage 6. The column operates at 4 atm. The total flow of fresh ethylene
feedstock (630.6 kmol/h) is split into two streams and distributed
equally into the side reactors. Liquid streams at 941.1 kmol/h from
stage 12 (419.7 K) and from stage 14 (454.1 K) are withdrawn and
pumped into the external side-reactors R1 and R2, respectively. The
volume of each reactor is 90.8 m3 with an aspect ratio of 5. Reactions
occur in the liquid phases inside the high-pressure (20 atm) adiabatic
tubular reactors R1 and R2. The high-temperature liquid product
streams resulting from the exothermic heats of reaction from reactors
R1 and R2 are fed back to column C1 at stages 17 and 19, respectively.
The distillate from C1, which is mostly excess benzene, is recycled and
fed back to column C1 together with fresh benzene. The bottom pro-
duces the desired ethylbenzene together with the diethylbenzene by-
product and trace amounts of benzene. The liquid at the bottom of
column C1 is fed to stage 15 of a 25-stage column (C2), which separates
EB from DEB to 99.9 mol% purity; C2 operates at 0.1 atm. The distillate
is the desired ethylbenzene (EB), while the bottom of C2 contains the
DEB byproduct that is recycled back to stage 6 of C1.

4. Design and optimization of the side-reactor configuration

To avoid an infeasible design, the effects of various design para-
meters on SRC performance were evaluated using a systematic se-
quential approach. The total annual cost, as an objective function, was
minimized through optimization of the reactor volume, the number of
side-reactors, the number of trays, the side-return tray, and the column
pressure. The following assumptions were made when designing the
proposed SRC configuration.

1. The reactors are of equal size.
2. The tubular side-reactors are adiabatic.
3. The reactor aspect ratio is 5.
4. The kinetically controlled reaction occurs in the liquid phase.
5. The flow rates of the side streams to the side-reactors are equal.

4.1. Side-reactor configuration

It is essential to maintain low ethylene concentrations inside the
adiabatic tubular reactors to avoid the side reaction that produces DEB
and to achieve better selectivity toward the desired product (EB).
Ethylene was almost completely converted with excess benzene and
was independent of the volume of the side-reactor. Since the excess
benzene must be recycled, the approach adopted in this study involved
the design and optimization of the side-reactor volumes in order to
maximize benzene conversion. Maximizing benzene conversion also
helps to reduce the reboiler load of column C1, since lower amounts of
benzene that require evaporation and overhead recycling from column
C1, will remain. These points are illustrated in Fig. 3a and b for a two-
side-reactor system.

Benzene conversion was fixed at 99% in the final reactor connected
to the lower stages near the reboiler; the reactors were assumed to be of
equal size, with aspect ratios of 5 [17]. Benzene conversion of 99%
cannot be achieved in all of the connected side-reactors due to equal
size reactors. Initially, one side-reactor was chosen and the volume of
the reaction vessel was optimized to achieve this design specification.

Table 1
Reaction kinetics for the production of ethylbenzene [4].

Rxn (1) Rxn (2) Rxn (3)

Pre-exponential factor 1.528 × 106 2.778 × 107 1000
E-(cal/mol) 17000 20000 15000
Concentration (kmol/m3) CECB CECEB CBCDEB
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The procedure was repeated for up to four side-reactors by distributing
the total ethylene feed equally into the side-reactors followed by opti-
mization of each reactor volume. A single side-reactor requires a vo-
lume of 251 m3 to achieve a 99% benzene conversion. Similarly, the
second, third, and fourth side reactors were found to require volumes of
232 m3, 168 m3, and 128 m3, respectively. After optimizing the vo-
lumes of the different side-reactors to achieve a 99% benzene conver-
sion, the number of side-reactors required to deliver a minimum re-
boiler duty was then optimized. The Aspen Plus® built-in sensitivity
analysis tool was used to vary the column reflux ratio among the dif-
ferent side-reactors. Commencing with one initial side-reactor, the re-
flux ratio was adjusted to achieve a benzene mole fraction of 0.3% as a
constraint in the bottom stream of column C1; this specification is re-
quired to achieve the desired ethylbenzene purity in column C2. This
procedure was repeated for the remaining side-reactors. The sensitivity
analyses are illustrated in Figs. 4a–7a , while the corresponding reboiler
duties for 1–4 side-reactors are illustrated in Figs. 4b–7b, respectively.

Fig. 8a and b reveal that increasing the number of side-reactors
leads to an increase in the total capital investment mainly due to the
addition of the side-reactors. The energy cost begins to decrease with
the two side-reactor configuration; however, the addition of further
side-reactors led to increases in energy costs due to the excessively high
temperatures of the side-reactor-effluent streams, as shown in Fig. 8c.
Excessively high temperatures of multiple reactor-effluent-streams can
cause the flashing of heavy key and non-heavy key components at the
return tray, which needs a slightly high reflux ratio in order to maintain
the required degree of separation. The optimum number of side-re-
actors is two, which corresponds to the lowest TAC as illustrated in

Fig. 8d.

4.2. Optimization of the number of trays

Having optimized the number of side-reactors, the number of trays
for columns C1 and C2 were then optimized. The diameter of the
column and the area of the heat exchanger can be reduced by adding
more trays; however, increasing the number of trays leads to an in-
crease in the capital cost of the column. Table 2 illustrates the effect of
these competing variables. Furthermore, the column feed location was
optimized to minimize the reboiler load. The optimum number of trays
for columns C1 and C2 were found to be 40 and 25, respectively.

Fig. 1. Optimized flowsheet for the conventional process of
ethylbenzene.

Fig. 2. Proposed SRC configuration for ethylbenzene production.

Fig. 3. (a) Benzene conversion in R1 and R2. (b) Ethylene conversion and reboiler duty of
column C1 as functions of side-reactor volume.
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4.3. Reactor side-stream return tray

Usually the feed stream for the side-reactor (NSF) is withdrawn from
the column trays where the reactants are in excess in columns config-
ured with side-reactors [17]. In our design, these are trays 12 and 14 for
reactors R1 and R2, respectively. However, the side-reactor return tray

(NSR) was optimized to achieve minimum reboiler duty and total an-
nual cost. A different combination of side-stream return trays was
chosen for the R1 and R2 effluent streams, beginning from the trays
immediately below the side-reactor withdrawal tray. The minimum
total annual cost was found to correspond to stages 17 and 19 for the R1
and R2 effluent streams, respectively. Table 3 summarizes the effect of

Fig. 4. (a) Sensitivity analysis using a one side-reactor and (b) the
corresponding reboiler duty.

Fig. 5. (a) Sensitivity analysis using two side-reactors and (b) the
corresponding reboiler duty.

Fig. 6. (a) Sensitivity analysis using three side-reactors and (b) the
corresponding reboiler duty.

Fig. 7. (a) Sensitivity analysis using four side-reactors and (b) the
corresponding reboiler duty.
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the side-stream return tray configuration on the total annual cost.

4.4. Selection of column pressure

The economic impact of the operating pressure of a column with
external side-reactors was assessed. It is commonly known that in-
creasing pressure leads to decreases in relative volatility and increases
in the base temperature of the column, which translates into high en-
ergy expenses. However, a higher column pressure leads to a higher
condenser temperature, which ultimately decreases the required con-
denser area. The SRC operating pressure was found to be the key design
parameter and its selection impacts on many competing factors. A high
C1 operating pressure increases the base temperature and energy usage
(higher energy costs); however, this high temperature reduces the vo-
lume of the reaction vessel (lower capital cost) required to achieve a
benzene conversion of 99%. Fig. 9 reveals that increases in column
pressure result in increases in the temperature of the inlet feed stream
to the reactors. Since the reactors are operated adiabatically, the higher
temperature of the inlet feed stream caused by increases in the column
pressure requires a lower reactor volume to achieve the desired benzene
conversion. Similar observations were reported for the conventional
ethylbenzene production process; Luyben reported that larger reactor
volumes require lower temperatures to achieve a specified conversion
[4]. Fig. 10 illustrates the tradeoff between the capital and energy costs
at different operating pressures, while another competing effect is

illustrated in Fig. 11, which shows that higher base temperatures (pre-
heated feed) caused by the operation of C1 at high pressures helps to
reduce the reboiler load of column C2 (lower energy cost). The eco-
nomic impact of these competing effects was quantitatively evaluated

Fig. 8. Capital, energy, and the total annual costs as functions of the
number of side-reactors.

Table 2
Tray optimization for column C1 and C2.

Column C1 Column C2

NT 31 35 40 45 50 16 20 25 30
NFDEB 5 7 6 7 7 9 12 15 18
NFB 11 13 12 13 13 – – – –
ID(m) 4.52 4.50 4.48 4.47 4.40 6.04 5.65 5.52 5.50
QR (MW) 3.78 3.65 3.48 3.41 3.26 8.53 7.06 6.59 6.50
QC (MW) 19.02 18.90 18.73 18.54 18.51 12.67 11.20 10.73 10.64
Shell (106$) 1.021 1.127 1.256 1.384 1.486 0.776 0.884 1.049 1.224
Heat Exchanger (106$) 0.647 0.687 0.631 0.625 0.619 0.809 0.733 0.707 0.702
Reactor Cost (106$) 1.630 1.630 1.630 1.630 1.630 – – – –
Total Capital Cost (106$) 3.298 3.444 3.517 3.639 3.735 1.585 1.616 1.756 1.926
Total Energy Cost (106 $/y) 0.979 0.947 0.902 0.883 0.845 2.089 1.730 1.615 1.592
TAC (106 $/y) 2.078 2.095 2.075 2.096 2.090 2.617 2.269 2.200 2.218

Bold values for "NT row" shows the number of trays changed for TAC minimization. For last row TAC, the bold and italic numbers are optimum values.

Table 3
Effect of side-reactor-return-tray on capital, energy, and the TAC.

NSR 13/15 14/16 15/17 16/18 17/19 18/20 19/21 20/22

ID(m) 5.32 4.48 4.41 4.37 4.36 4.38 4.38 4.395
QR (MW) 10.91 3.48 2.85 2.53 2.45 2.44 2.44 2.44
QC (MW) 26.11 18.73 18.09 17.78 17.69 17.69 17.69 17.69
Shell (106$) 1.509 1.256 1.235 1.223 1.220 1.226 1.226 1.231
Heat

Exchang-
er (106$)

0.964 0.631 0.596 0.577 0.572 0.572 0.572 0.572

Reactor Cost
(106$)

1.630 1.630 1.630 1.630 1.630 1.630 1.630 1.630

Total Capital
Cost
(106$)

4.103 3.517 3.461 3.431 3.423 3.429 3.429 3.433

Total Energy
Cost (106

$/y)

2.825 0.902 0.738 0.656 0.634 0.632 0.633 0.632

TAC (106

$/y)
6.390 4.271 4.088 3.996 3.971 3.972 3.972 3.973

The bold and italic value is optimum in terms of minimum TAC.
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through the minimization of the total annual cost.
Table 4 summarizes the results of the competing effects over a range

of pressures. The optimum pressure for column C1 was found to be
4 atm, which gives the lowest TAC. Similarly, a pressure of 0.1 atm was
chosen for column C2 as it gives the minimum TAC.

5. Heat integration

The potential of heat-integration technology for further reducing
the energy requirements was examined. SRC pressure-optimization

studies reveal that operating the SRC at a pressure of 4 atm provides the
lowest TAC. For the proposed configuration, multi-effect heat integra-
tion is the best option, since there is an opportunity to utilize the vapor
at the top of the high-pressure column C1 to heat the reboiler of the
low-pressure column C2. The reflux-drum temperature of C1 (408.4 K)
at 4 atm is sufficiently higher than the base temperature of column C2
(380.5 K) at 0.1 atm and provides a reasonable difference in tempera-
ture for heat transfer. Since the heat duties of columns C1 and C2 are
dissimilar, the use of an auxiliary heat exchanger may be required.
Column C1 was simulated using a reboiler absorber while column C2
was simulated using a reflux absorber. The vapor from the top of
column C1 was introduced into the tube-side of the HEX-1 heat ex-
changer, while the liquid from the base of column C2 was introduced
into the shell-side of HEX-1. The hot outlet from HEX-1 was cooled
using an auxiliary cooler and split into two streams, as a reflux and as
recycled benzene that is introduced into C1. The resulting flowsheet

Fig. 9. Reactor inlet feed temperatures as functions of C1 column pressure.

Fig. 10. Tradeoff between capital and separation costs as functions of C1 column pres-
sure.

Fig. 11. Reboiler duties for columns C1 and C2 as functions of operating pressure.

Table 4
Optimization of column C1 and C2 pressure for minimum TAC.

Column C1/Pressure
(atm)

0.5 1 2 3 4 5

ID (m) 4.971 4.365 3.968 3.557 3.459 3.410
QR (MW) 1.952 2.449 3.061 3.507 3.855 4.178
QC (MW) 18.856 17.688 16.294 15.433 14.728 21.346
TR (K) 394.94 421.07 450.79 470.12 484.81 496.81
TC (K) 330.63 352.99 378.72 395.35 408.48 419.03
AR (m2) 98.75 123.91 154.85 177.42 195.04 211.36
AC (m2) 1074.91 483.99 278.95 212.12 175.93 230.31
RV (m3) 382.04 232.83 141.05 105.98 90.86 78.99
Reactor cost (106 $) 2.219 1.630 1.193 0.999 0.907 0.832
Steam in reboiler LP MP HP HP HP HP
Capital cost (106 $) 4.448 3.425 2.774 2.430 2.296 2.258
Energy cost (106 $/y) 0.478 0.634 0.952 1.091 1.199 1.299
Column C2/Pressure

(atm)
0.1 0.1 0.1 0.1 0.1 0.1

ID (m) 5.42 5.52 5.72 5.89 6.05 6.18
QR (MW) 7.89 6.58 5.30 4.60 4.16 3.82
QC (MW) 10.37 10.72 11.42 12.05 12.65 13.18
TR (K) 380.53 380.53 380.53 380.53 380.53 380.53
TC (K) 337.80 337.80 337.80 337.80 337.80 337.80
AR (m2) 399.28 332.87 268.11 232.51 210.51 193.32
AC (m2) 438.46 453.28 482.92 509.60 535.20 557.30
Steam in reboiler LP LP LP LP LP LP
Capital cost (106 $) 1.768 1.757 1.771 1.795 1.826 1.852
Energy cost (106 $/y) 1.934 1.612 1.298 1.126 1.019 0.936
Total capital cost (106 $) 6.217 5.182 4.544 4.225 4.121 4.109
Total energy cost (106

$/y)
2.412 2.246 2.250 2.217 2.218 2.236

TAC (106 $/y) 4.484 3.974 3.765 3.625 3.592 3.605

The bold value is optimum in terms of minimum TAC.

Fig. 12. Heat-integrated SRC configuration for ethylbenzene production.
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(Fig. 12) converges with no condenser and no reboiler for columns C1
and C2 respectively.

6. Results and discussion

6.1. Column C1

The bottom product at stage 40 is composed of the desired ethyl-
benzene, the diethylbenzene byproduct, and traces of benzene. The
distillate is mostly excess benzene, which is recycled and re-fed to
column C1 together with fresh benzene. The reboiler duty is 3.85 MW
with a base temperature of 484.8 K and uses high-pressure steam; the
column diameter from Aspen tray sizing is 3.45 m. Fig. 13a and b dis-
play the compositional and temperature profiles of column C1, re-
spectively.

The side-reactors R1 and R2 have outlet temperatures of 567 K and
575 K, respectively, and the ethylene undergoes almost complete con-
version in R1 and R2. The benzene conversions in R1 and R2 are 58 and
99%, respectively, and the per-pass selectivity’s in R1 and R2 are 99.9
and 76%, respectively. The liquid compositional profiles of R1 and R2
are displayed in Fig. 14a and b, respectively.

6.2. Column C2

Column C2 separates EB from DEB. The distillate produces the de-
sired EB at a rate of 630.6 kmol/h and a 99.9% mole fraction. The

condenser duty is 12.65 MW with a reflux-drum temperature of
337.8 K, and uses cooling water in the condenser. The bottom product
is DEB, which is produced at 282.2 kmol/h and with a 99.9% mole
fraction; the DEB is recycled to column C1. The reboiler duty is
4.15 MW at a base temperature of 380.5 K and uses low-pressure steam;
the column diameter is 6.04 m. Fig. 15a and b show the compositional
and temperature profiles of column C2, respectively.

7. Economic evaluation

The capital costs (pertaining to the column shell, heat exchangers,
and catalyst) and energy costs (steam in the reboilers) were taken into
consideration during the economic evaluation. An economic assessment
of the proposed configuration for the desired yield of ethylbenzene was
carried out in terms of the total annual cost (TAC), with the aid of
Equation (4):

= +TAC
Capital cost

Payback period
Energy cost

(4)

The economic basis for the equipment sizing is summarized in
Table 5 and taken from textbooks by Douglas [18] and Turton et al.
[19] In order to provide a fair comparison, a payback period of three
years and similar energy costs for low-pressure (LP), medium-pressure
(MP), and high-pressure (HP) steam were used to compare the proposed
SRC and conventional configurations. The key performance economic
indicators are compared in Table 6, while Fig. 16 illustrate the capital,
energy, and the total annual costs requirements of the proposed con-
figuration with the conventional process.

The results from economic analysis reveal that, compared to the

Fig. 13. (a) Liquid compositional profile and (b) temperature profile of column C1.

Fig. 14. Liquid compositional profiles of (a) R1 and (b) R2.

A. Hussain et al. Chemical Engineering & Processing: Process Intensification 122 (2017) 204–212

210



conventional (base case) configuration, the SRC configuration without
heat integration provided capital savings of 13.6%, energy savings of
12.9%, and TAC savings of 13.2%. Moreover, the heat-integrated (HI-
SRC) configuration provided further capital, energy, and TAC savings of
14.8, 53, and 38.3%, respectively.

8. Conclusions

Many industrial chemical processes that use multiple conventional
reaction systems feature reactors followed by distillation columns. The
rate of production of the desired product in a conventional process is
usually obtained by maintaining large reactor sizes or by using a large
excess of one reactant. Both strategies are expensive in terms of capital
and operating costs. Process intensification can provide enormous
benefits to existing processes by using energy effectively and by redu-
cing investment in plant capital. However, process intensification using
RD is not economical because reactors and downstream columns are
operated at different pressures. To overcome these limitations, heat-
integrated columns configured with side-reactors are proposed.

A conventional process for the production of EB was used to de-
termine the achieved savings. We show that the SRC configuration
significantly reduces capital, energy, and total annual cost by 13.6,
12.9, and 13.2%, respectively compared to the conventional process.
Furthermore, the additional effect of a heat-integration sequence was
included for further energy efficiency. The optimized heat-integrated
SRC realized savings in capital, energy, and total annual cost of 14.8,
53.0, and 38.3%, respectively. The development of an effective control
structure for various feed disturbances will be examined in future work.
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Fig. 15. (a) Liquid compositional profile and (b) temperature profile of column C2.

Table 5
Economic basis for equipment sizing.

Column Shell Cost 17640*(D) *(L)1.066 0.802

Column Diameter (m) Aspen Tray Sizing
Column Length (m) NT trays with 0.61 m spacing plus 20% extra length.
Reactor Cost 17640*(D) *(L)1.066 0.802

Aspect Ratio = 5 (Diameter and Length in meters)
Heat Exchanger Capital costs
Condenser
Capital Cost ($)

=
+

7296*(A ) , Acon 0.65 con
Qcon

Ucon ΔTcon
Heat Transfer Coefficient =U 0.852kW/(K. m )con 2

Differential Temperature
(K)

= −ΔT Reflux DrumTemp 318 Kcon

Reboiler
Capital Cost ($)

=
+

7296*(A ) , Areb 0.65 reb
Qreb

Ureb ΔTreb
Heat Transfer Coefficient =U 0.568 kW/(K. m )reb 2

Differential Temperature
(K)

=ΔT 34.8Kreb

Energy Cost ($/year) LP steam = $7.78/GJ
MP steam = $8.22/GJ
HP steam = $9.88/GJ

Table 6
Economic comparison of conventional vs alternative EB processes.

Key performance
indicators

Conventional
Process

SRC HI-SRC Savings (%) Compared
to base case

SRC HI-SRC

Reactor Cost (106$) 0.556 0.907 0.907
Total Capital Cost

(106$)
4.770 4.121 4.065 13.6 14.8

Total Energy Cost
(106 $/y)

2.548 2.218 1.197 12.9 53.0

TAC (106 $/y) 4.138 3.592 2.552 13.2 38.3

Fig. 16. Performance comparison of the conventional EB and the proposed SRC config-
urations.
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